In this paper, we present an experimental study on mass transfer of oxygen into water in an oscillatory baffled column (OBC). The objective of this work is to establish the contribution of individual parameters, such as the size of bubbles and the gas holdup, to the overall volumetric mass transfer coefficient (k L a). Our results show that the gas holdup is the most important factor. The liquid-side mass transfer coefficient (k L ) is calculated directly from the experimental measurements of gas holdup, Sauter mean diameter and k L a, and an increase of k L with D 32 is observed. The results also show that, above a critical level of fluid oscillation, the mass transfer coefficients are mainly governed by the oscillatory operating conditions, while independent of the type of gas sparger.
Introduction
Gas-liquid contacting is widely used in chemical and biochemical engineering and efficient contacting is essential for promoting gas-liquid mass transfer in chemical and biochemical processes, such as gas-liquid catalytic reactions, fermentation and photosynthesis by micro-organisms. Extensive research on gas-liquid contacting has been undertaken in conventional bubble columns and stirred tank vessels [1] [2] [3] [4] [5] [6] [7] [8] [9] [10] [11] [12] [13] , and the latter has been the standard device in fermentation industries worldwide. The oscillatory baffled column (OBC) has recently emerged as a viable alternative to those vessels, since it can provide enhanced mass transfer performance [14, 15] .
The oscillatory baffled column is a mixing technology in which the fluid is oscillated inside a cylindrical tube containing periodically spaced orifice baffles. The flow passing through the baffles induces vortices, which provide significant axial and radial mixing in the column. The intensity of mixing can be controlled by varying the oscillatory (amplitude and frequency) and geometrical (baffle spacing and baffle free area) conditions. It was found that the gas-liquid volumetric mass transfer coefficient in an OBC could be six times higher than that in a bubble column [14] and 75% higher than that in a stirred tank fermenter involving a yeast culture [15] .
There are a number of parameters that are directly related to mass transfer, including gas holdup, interfacial area, as well as bubble size and rise velocity. These parameters are complex functions of the physical properties of the gas and liquid phases, the geometry of the vessel used, the gas distributor design, the gas flow rate and other operating conditions. A diagram of the dependencies of these variables, in the context of mass transfer, is shown in Fig. 1 .
The complex relations between the parameters require a co-ordinated study into mass transfer in the OBC by considering each of the important parameters independently and collectively. There is, therefore, a clear need to understand the hydrodynamics of gas-liquid interactions within the OBC and to quantify the individual contribution of these parameters to the observed improvement in the mass transfer rates. These are the objectives of this paper. A set of 14 single-orifice baffles, dividing the column into 13 baffled cells, was used in this work. The polytetrafluorethylene (PTFE) baffles were designed to fit closely to the column wall. The geometry of the baffles is also shown in Fig. 2 . The baffle thickness (T b ) was 3 mm and the orifice diameter (D bo ) was 24 mm, giving a 23% free cross-sectional area (α), which is within the optimal values for mixing [16] . The baffles were supported by four 2 mm diameter stainless steel rods and were equally spaced 75 mm apart, corresponding to the optimum baffle spacing (H b )o f 1.5 times the column diameter [17] . The fluid was oscillated by a stainless steel bellows mounted at the base of the column and driven by an electrical motor/gearbox ensemble (Leroy Somer Ltd.) associated with an inverter for speed control (Eurotherm Drives 601). Oscillation frequencies (f) of 0.2-10 Hz could be obtained using the speed controller, and centre to peak oscillation amplitudes (x 0 ) of 1-10 mm could be selected by adjusting the off-centre (eccentric) position of the connecting rod in the stainless steel coupling wheel.
Experimental apparatus
Gas was continuously fed to the OBC system via a sparger located approximately 40 mm from the base of the column. Two different types of sparger were used: a single-orifice sparger of 1 mm diameter (sparger 1) and a porous borosilicate glass sparger (sparger 2). At low gas flow rates in stagnant water, the single-orifice sparger generates a series of medium sized bubbles, while the porous glass sparger supplies a school of small bubbles. The gas flow rate was controlled by a needle valve and measured by a calibrated flowmeter. Aeration rates ranging from 0.05 to 0.2 vvm were used in this work, where vvm is the volume of air per volume of liquid per minute, and has a unit of m 3 air/(m 3 liquid min). Table 1 shows the conversion between the aeration rates expressed in terms of vvm and the superficial gas velocities (U G = vvm × V L /A C ), where A C stands for the column cross-sectional area.
The dynamic gassing out method with instantaneous gas interchange was employed to determine the mass transfer coefficient. This method has been used in several types of vessels, including OBCs [18] . The experimental procedure was as follows. Firstly, the liquid was deoxygenated by gassing nitrogen through the column. The gas supply was then switched from pure nitrogen to air, whilst maintaining a constant gas flow rate. During the whole process, the fluid was oscillated continuously at the selected frequency and amplitude. The dissolved oxygen (DO) concentration was measured using three Clark-type polarographic DO probes positioned axially along the column. Ports for the DO probes were located at cells numbered 2, 7, 11 and 14, as shown in Fig. 2 . The signal outputs from the DO probes were continuously monitored and recorded on a computer via a multi-purpose lab interface (MPLI). It should be noted that this interface box could only lodge three inputs at one time. Consequently, only three probes were used during each individual measurement.
Prior to usage, DO probes were filled with the potassium chloride electrolyte supplied by the manufacturer, were allowed to polarise for 1 h and were then calibrated. The electrodes automatically compensated for temperature variations. It should be emphasised that the calibration of the DO probes is not strictly necessary, since the calculated values of the mass transfer coefficient can be shown to be independent of the calibration procedure [19] . The general form of the probe response is
where C P is the DO concentration read by the probe (mol m −3 ), C * L the DO concentration in the liquid phase in equilibrium with the gas phase (mol m −3 ), C L 0 the DO concentration in the liquid phase (mol m −3 ) at time t = 0, and f (t) represents a generic function of time. The calibration process simply relates the output of the probe (E)t o the actual oxygen concentration by a linear relationship:
where K calib is the calibration constant. Substitution of Eq. (2) into Eq. (1) yields
since the calibration constants on both sides of the equation cancel out. Thus, the mass transfer coefficient calculated from the fit to a given response curve will always be the same, regardless of the calibration. Fig. 3 shows a typical profile of the dissolved oxygen concentration in the liquid as a function of time. A noticeable delay was observed in most profiles, even for measurements at port 1, located near the bottom of the column, as illustrated in Fig. 2 . This delay was due to the length of tubing between the Air/N 2 valves and the sparger (Fig. 2) , due to the probe response delay and due to the effect of gas and liquid dynamics in the column. In fact, the time delays were different for different probe locations along the column. For this reason, a floating co-ordinate (t − t 0 ) was used in the analysis, with the delay time (t 0 ) as a fitting parameter.
The calculation of k L a involved fitting a mass balance equation to each experimentally measured DO concentration curve. The mass balance equation was obtained from a model of the dynamic behaviour of the physical system. Several factors, such as the start-up period, nitrogen transport, gas and liquid mixing and probe dynamics were examined. The effects of the first two factors on k L a were considered to be negligible when an immediate interchange of feed between nitrogen and air, at a constant flow rate, was adopted [20] [21] [22] . The state of mixing in either the gas or the liquid phase can affect the determination of k L a. Several models, e.g. steady-state, perfect mixing and tanks-in-series, can be used to account for different degrees of mixing. Some of these models were compared, and it was found that a reliable mass transfer coefficient could be calculated using the steady-state model [19] . The effects of the gas and liquid dynamics are mainly visible at the low end of the DO response, e.g. <10% of C * L . Furthermore, when the DO concentration is above approximately 95%, the electrode is not very sensitive to small changes in the DO concentration. For these reasons, truncation of the DO response was employed in the determination of k L a, and DO concentrations less than 10% and greater than 95% of C * L were discarded (Fig. 3) , so as to increase the accuracy and minimise the influence aforementioned.
As for the probe dynamics, it was found that a first order model was appropriate to describe the response of all the probes used [19] . Measurements of probe responses to step changes in concentration were carried out frequently throughout the course of the mass transfer experiments, using the procedure detailed in Oliveira [19] . The probe constants (k P ) showed a high degree of repeatability and, as such, a reliable average k P for probes in ports 1-3 was determined as 0.148 ± 6.1 × 10 −3 ,0 .112 ± 7.4 × 10 −3 and 0.137 ± 6.1 × 10 −3 s −1 , respectively.
Combining a steady-state model for the gas dynamics and a perfectly mixed liquid phase, together with a first order probe response, k L a can be calculated by fitting the experimental DO concentration profile to Eq. (4), with time as a floating co-ordinate:
The effect of the probe delay on k L a is shown in Fig. 4 . The corrected k L a values were obtained from Eq. (4), while the uncorrected values were calculated using Eq. (5), which ignores the probe delay:
The lowest probe constant, k P = 0.112 s −1 was used in the calculations in Fig. 4 , reflecting the case where the influence of the probe delay in k L a is the greatest. It is clear that for values of k L a lower than 0.02 s −1 , the probe dynamics had no significant influence, while for values greater than 0.02 s −1 , the correction for the probe delay had to be taken into account. In light of this finding, k L a was determined by using Eq. (4) in all subsequent calculations. The procedure of fitting the DO profiles to this equation was implemented in Matlab, using k L a and t 0 as fitting parameters. The full range of conditions for which the mass transfer coefficients were measured is shown in Table 2 .
Results and discussion
Experimental mass transfer results in the OBC are shown in this section for several operating conditions. The values of k L a with the porous sparger are plotted as a function of the superficial gas velocity, for different oscillation amplitudes at a fixed frequency (Fig. 5a ) and for different frequencies at a fixed amplitude (Fig. 5b) . It can be seen that, in all cases, k L a increases with U G , as well as with either oscillation frequency or amplitude. These figures also show the corresponding results for the bubble column, i.e. the same column without baffles and oscillation. The important thing to note is that, when the column is fitted with the porous sparger, it is possible to enhance mass transfer by applying oscillation in the presence of baffles. For the range of aeration rates studied, improved mass transfer coefficients are obtained for oscillation levels above, e.g. x 0 = 4 mm and f = 4Hz (Fig. 5) . At the highest oscillation levels employed in this work, the values of k L a in the OBC are about four times higher than in the bubble column. When the column is fitted with the single-orifice sparger, the improvement in mass transfer in the OBC is even more significant, and k L a can be increased by a factor of 13. The effects of oscillation frequency and amplitude on k L a for the porous sparger are plotted in Fig. 6 as a function of frequency for different amplitudes and aeration rates. An increase in the frequency leads to an increase in the k L a. The increase is small initially, but becomes more pronounced at higher oscillation frequencies, in accordance with the effect of oscillation on gas holdup [23] . The trends and magnitudes of k L a shown here are in accordance to previous mass transfer studies in OBCs [14, 18, 24] . are a result of the high turbulence generated by the fluid oscillation. Under fluid oscillation, mass transfer is dominated by the fluid flow patterns, and is independent of the type of gas distributor. It can also be observed from Fig. 7 that the increase in the slope of k L a versus oscillation frequency occurs earlier for higher amplitudes. Essentially, the slopes are shifted to lower frequencies as the amplitude increases. This suggests that, as in the case of the gas holdup, it is the combined effect of oscillation frequency and amplitude that is responsible for the enhancement of mass transfer. In summary, the overall mass transfer coefficient in the OBC increases significantly with both oscillation frequency and amplitude. This is a consequence of the highly turbulent flow pattern generated in the column as the oscillation increases, leading to frequent bubble breakage and a subsequent reduction in the Sauter mean diameter, as well as an increase in the residence time of the bubbles, when trapped in recirculating vortices [23] .
The experimental measurements presented here suggest that the volumetric mass transfer coefficient depends on hydrodynamic parameters, such as the bubble size and the gas holdup (which is directly related to the residence time of the gas phase). To establish the relative importance of each of these factors, k L a was correlated as a function of Sauter mean diameter (D 32 ) and holdup (ε G ) measured experimentally [19, 23] According to Eq. (6), the volumetric mass transfer coefficient is influenced by both an increase in the gas holdup, due to a prolonged residence time of the gas phase, and a decrease in the Sauter mean diameter. It is the combination of these two effects that brings about the substantial enhancement of mass transfer in the OBC, compared to a bubble column, as observed here and in previous studies [14] . Furthermore, it is seen that the influence of gas holdup on k L a is stronger than that of bubble size. This is in qualitative agreement with our previous study [25] , although the values of the exponents are slightly different. The discrepancy can be attributed to the fact that the previous analysis was performed using empirical correlations based on experimental data obtained in different geometrical and operating conditions. Fig. 8 shows the fit to k L a data using Eq. (6), for a given set of operating conditions, and clearly the agreement is very good. In fact, Eq. (6) is able to correlate the volumetric mass transfer coefficients quite accurately over the entire range of experimental conditions, as shown in Fig. 9 . The average relative error of the fit is 13%. The specific interfacial area available for mass transfer (a) can be estimated from the following equation:
Combining this equation with k L a data, it is possible to evaluate the liquid-side mass transfer coefficient (k L ), according to A similar increase in k L with the Sauter mean diameter has been observed previously, from mass transfer measurements in stirred tanks [26, 27] , bubble columns [28, 29] , reciprocating-plate columns [30, 31] and pulsed columns [32] . Calderbank [33] suggested the existence of two bubble size ranges ("small" and "large"), within which the values of k L are essentially independent of bubble size and are controlled by the turbulence of the liquid phase [34] . When the bubbles are small, they behave as rigid spheres, with practically no fluid circulation at the surface. In this regime, theoretical equations based on flow around rigid spheres are valid [33] , and
L , where D L is the gas diffusivity (m 2 s −1 ). Large bubbles, on the other hand, have mobile interfaces and exhibit significant fluid circulation. In this case, theories based on the renewal of the liquid film at the interface, such as Higbie's penetration theory [35] or Danckwerts' surface renewal theory [36] , are applicable [26] . For large bubbles, the liquid-side mass transfer coefficient is a function of D 1/2 L . As a result of the differences in fluid circulation at the surface, the values of k L for large bubbles are substantially higher than those for small bubbles, with a transition region in between characterised by a steep increase in k L [26] .
In the transition region, the liquid-side mass transfer coefficient is controlled by the bubble diameter [30] . Other effects of increasing the agitation of the continuous phase, leading to a possible increase in the renewal rate of the liquid film at the interface, are probably of secondary importance and are masked by the predominant effect of a decrease in the bubble diameter. Montes et al. [37] have demonstrated from theoretical considerations that the observed increase in k L with bubble size in the transition region is due to a gradual increase in the amplitude of shape oscillations of the bubbles. Although Calderbank and Moo-Young [26] located this transition region at diameters of approximately 2-3 mm, subsequent studies [28, 30, 31] showed that k L may increase with D 32 for a much wider range of bubble diameters (from 1.7 to 8 mm). The location of the transition region is highly dependent on the characteristics of the system, in particular on the purity of the liquid phase [38, 39] (9) This equation is shown as the solid line in Fig. 10 . The exponent of 0.55 obtained in this work, agrees, within statistical limits, with the results of Akita and Yoshida [28] . However, it should be noted that this type of analysis must be interpreted with caution, due to the large scatter in the k L data (both in this work and in the studies aforementioned).
As reported previously, the turbulent nature of the flow in the OBC causes bubbles to break, and a consequent decrease in the Sauter mean diameter. This leads to an increase in the gas-liquid interfacial area, which is advantageous for mass transfer. However, this effect is counterbalanced by a decrease in k L with decreasing D 32 , due to the reduced mobility of the surface of the bubbles (as explained above). The overall result of this is that the effect of bubble size on k L a is not as strong as that of gas holdup (Eq. (6)).
Conclusions
This paper has shown that the volumetric mass transfer coefficient increases with the aeration rate, both in a bubble column and in an OBC. The volumetric mass transfer coefficient increased considerably with both oscillation frequency and amplitude. Furthermore, it was observed that k L a in the OBC was independent of the sparger type, and was instead mainly governed by the turbulent flow patterns in the column. Significantly higher values of k L a were observed in the OBC than in the bubble column, even for relatively low oscillation intensities. This was true even when the column was fitted with a porous sparger, which is designed to produce high gas-liquid interfacial areas. These improvements are extremely important in applications, such as fermentation, that involve mass transfer of a sparingly soluble solute (e.g. oxygen) into the liquid phase, and where this is the rate-controlling step [40, 41] .
The individual effects of bubble size and gas holdup on mass transfer in an OBC were evaluated, by correlating k L a as a function of these two parameters. The expression obtained provided an accurate representation of the experimental data over the whole range of operating conditions studied. The simultaneous increase in the gas holdup caused by an increase in the residence time of bubbles that become trapped in vortices, and the decrease in the Sauter mean diameter due to the action of turbulent eddies, results in a substantial increase in the gas-liquid interfacial area of the dispersion. However, the decrease in the bubble size causes the bubbles to become more rigid, with less fluid circulation at the interface, and this implies a reduction in the liquid-side mass transfer coefficient. This effect is outweighed by the observed increase in the interfacial area. As a direct consequence of these opposite effects, the Sauter mean diameter plays a much less important part in the enhancement of mass transfer than the gas holdup.
The combined measurements of ε G , D 32 and k L a allowed for the calculation of the liquid-side mass transfer coefficient. It is the first time that such calculations have been presented for an OBC. It was observed that k L increased with the bubble diameter, due to an decrease in the rigidity of the gas-liquid interface, which is in accordance with previous observations in other types of gas-liquid contacting devices. Further research would be necessary to gain knowledge of the effect of oscillation on the liquid-side mass transfer coefficient over a wider range of operating conditions. This would help separate the effect of fluid agitation on the renewal of the interfacial liquid film from the effect of increased surface rigidity, brought about by bubble breakage. A refinement of the experimental methods would also be advantageous, so as to reduce the amount of error affecting the calculation of k L .
